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H I G H L I G H T S
• Enzymatic hydrolysis (EH) bioreactors
must include adequate and optimal
design.
• Stirred tank and membrane bior-
eactors are the most commonly units
used in EH.
• The use of high solid loadings as al-
ternative to improve EH processes.
• Bubble column and gas-lift bioreactors
are promising conﬁgurations for EH.
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A B S T R A C T
The dependence on non-renewable resources, particularly fossil fuels, has awaken a growing interest in research of
sustainable alternative energy sources, such as bioethanol. The production of bioethanol from lignocellulosic ma-
terials comprises three main stages, starting with a pretreatment, followed by an enzymatic hydrolysis step where
fermentable sugars are obtained for the ﬁnal fermentation process. Enzymatic hydrolysis represents an essential step
in the bioethanol production, however there are some limitations in it that hinders the process to be economically
feasible. Diﬀerent strategies have been studied to overcome these limitations, including the enzyme recycling and the
utilization of high solids concentrations. Several investigations have been carried out in diﬀerent bioreactor con-
ﬁgurations with the aim to obtain higher yields of glucose in the enzymatic hydrolysis stage; however, the com-
monest are Stirred Tank Bioreactors (STBR) and Membrane Bioreactors (MBR). In general, the key criteria for a
bioreactor design include adequate mass transfer, low shear stress, and eﬃcient mixing that allows the appropriated
interaction between the substrate and the enzyme. Therefore, this review will address the main aspects to be con-
sidered for a bioreactor design, as well as, the operational conditions, some characteristics and mode of operating
strategies of the two main bioreactors used in the enzymatic hydrolysis stage. Moreover, two types of pneumatically
agitated bioreactors, namely bubble column and gas-lift bioreactors, are discussed as promising alternatives to de-
velop enzymatic sacchariﬁcation due to their low energy consumption compared with STBR.
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1. Introduction
A growing interest in research involving renewable energy re-
sources has been observed in the last decades, due to the depletion of
fossil fuels and the environmental concerns, speciﬁcally global warming
[1,2].
To overcome those issues, many alternatives have been developed,
including the use of these resources through a bioreﬁnery, which is a
technology that aims to produce bioenergy and high value-added
products, such as biofuels, based on the concept of today’s petroleum
reﬁnery. Bioreﬁnery involves a sequence of environmentally friendly
processes that employs biomass as raw material, representing a re-
newable source of energy [3–6].
Biofuels have been explored as an alternative to reduce the depen-
dence on petroleum. Biofuels are obtained from biomass through che-
mical, physical, or biological processes. They present several ad-
vantages such as easy availability, clean processing, biodegradability,
and contribution to sustainable development. Worldwide, one of the
Nomenclature
A constant for gas hold-up in bubble column reactors
(A=0.277 for water and aqueous solutions of glycerol
and glycol, and A=0.364 for aqueous solutions of in-
organic electrolytes) (–)
Ad downcomer cross-sectional area (m2)
Ai eﬀective pore area for solute transport (Å2)
Ap total pore area of the membrane (Å2)
Ar riser cross-sectional area (m2)
Aw area available for water transport (Å2)
b friction coeﬃcient (–)
B concentration of cellobiose in the reactor (kg m−3)
∗C saturation concentration of dissolved oxygen (kgm−3)
C0 initial concentration of dissolved oxygen (kgm−3)
C concentration of cellulose in the reactor (kg m−3)
CL concentration of dissolved oxygen (kgm−3)
Cp concentration of respective components in the permeate
ﬂow (g/L)
Cr concentration respective components in the retentate in-
side the reactor (g/L)
Cs average solid concentration gas free-slurry (kgm−3)
ct constant calculated theoretically with values between 0.75
and 2 (–)
DAB liquid phase diﬀusivity (m2 s−1)
DB bioreactor diameter (m)
Dc column diameter (m)
Di diﬀusion coeﬃcient for a solute’s component (cm2 s−1)
DI diameter of the impeller (m)
FB mass ﬂow rate of cellobiose (kg h−1)
FC mass ﬂow rate of cellulose (kg h−1)
FCi mass ﬂow rate of the total amount of inlet cellulose
(kg h−1)
FG mass ﬂow rate of glucose (kg h−1)
FPG mass ﬂow rate of glucose through the membrane (kg h−1)
Frg Froude Number at the gas (–)
Frl Froude Number at the liquid (–)
g gravitational acceleration (m s−2)
G concentration of glucose in the reactor (kgm−3)
Ga Galileo number (–)
Gp concentration of glucose in the permeate (kgm−3)
hal height of aerated liquid (m)
HB height of the liquid (m)
hD dispersion height (m)
HI height of the impellers (m)
hol height of the original liquid (m)
Jv volumetric ﬂow per unit of membrane area (cm s−1)
K distribution factor between pore ﬂuid and bulk solution
(–)
k1 rate constant of conversion of cellulose to cellobiose (h−1)
K B1 inhibition constant of cellobiose on reaction of conversion
of cellulose to cellobiose (kgm−3)
K G1 inhibition constant of glucose on reaction of conversion of
cellulose to cellobiose (kgm−3)
k2 inhibition constant of conversion of cellobiose to glucose
(kgm−3 h−1)
K G2 inhibition constant of glucose on reaction of conversion of
cellobiose to glucose (kg m−3)
KB frictional loss coeﬃcient at the bottom (–)
k aL volumetric mass transfer coeﬃcient (s−1)
Km Michaelis Menten constant (kg m−3)
Kmp mass transfer coeﬃcient of the membrane (m3 h−1)
KT frictional loss coeﬃcient at the top (–)
LI length of the impellers (m)
NI impeller speed (rps)
Ns normal stress (Nm−2)
NP Power number (–)
NRe Reynolds number (–)
PG power input due to gas (W)
PW power consumption (W)
R rejection coeﬃcient in membrane bioreactors (–)
r1 rate of conversion of cellulose to cellobiose (kgm−3 h−1)
r2 rate of conversion of cellobiose to glucose (kg m−3 h−1)
T temperature (°C)
t time (s)
tE electrode response time (s)
tm mixing time (s)
To tortuosity factor (–)
Tq torque of the impeller (Nm)
Ubr terminal bubble rise velocity (m s−1)
ULr riser gas velocity (m s−1)
vb average bubble velocity (m s−1)
Vg superﬁcial gas velocity (m s−1)
vl superﬁcial liquid velocity (m s−1)
VL volume of liquid (m3)
VMBR volume of the membrane bioreactor (m3)
WF width of baﬄes (m)
WI width of impellers (m)
x conversion of inlet cellulose into glucose (–)
Y ethanol concentration in oleic acid (g/L)
ε fractional pore area of the membrane (–)
εd downcomer gas holdup (–)
εg overall gas holdup (–)
εr riser gas holdup (–)
∅s volume fraction of solids in gas-free slurry phase (–)
λ fouling layer real thickness (cm)
μkl kinematic viscosity of liquid (m
2 s−1)
μl viscosity of liquid phase (Pa s)
ρF ﬂuid density (kgm
−3)
ρl liquid density (kg m
−3)
ρs solid density (kg m
−3)
σl liquid surface tension (Nm−1)
τ shear stress (Pa)
φ mixing time factor (–)
ω angular velocity of the impeller (rad s−1)
P HΔ /Δ pressure gradient along column height (Pam−1)
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most important liquid biofuels used in transportation is bioethanol,
which consists in an alcohol obtained from sugar and starchy materials
that has been considered a promising substitute or partial substitute of
fossil fuels. It has a high octane number (108) and has the advantage of
being able to be used in vehicles engines [1,2,7,8].
However, a limiting step in the biofuels production is enzymatic
hydrolysis, where the high cost of enzymes and the production of in-
hibitors of enzymatic activity and fermentation microorganisms limit
the viability of the production of biofuels through biomass. In this
context, the design of the bioreactor is an important tool to be explored
in order to overcome these limitations. The optimization of the design
of the bioreactor allows to control some parameters that play a fun-
damental role in the eﬀectiveness of the enzymatic hydrolysis, such as
mixing eﬃciency and, mass and heat transfer.
Thus, this review focuses on the enzymatic hydrolysis step of the
bioethanol production process and on the equipment required for its
performance, including the most commonly used bioreactor conﬁg-
urations in enzymatic sacchariﬁcation, the operational conditions, and
operating strategies, as well as the main aspects to be considered for
their design. Firstly, an overview of the biofuel production process is
given, including the pretreatment, general aspects of enzymatic hy-
drolysis, and fermentation, as well as some types of biomass used for
the bioethanol production; in the end an approach is taken on the
promising enzymatic hydrolysis bioreactors for the future.
1.1. Raw material
There are diﬀerent types of feedstock that can be employed in the
production process of biofuels. These have been divided into three
generations.
Worldwide, ﬁrst-generation biofuels are the most common. The
production of this type of biofuels is based on food or energetic crops,
particularly corn, wheat, and sugar cane [9]. However, although these
crops represent a renewable alternative source of energy to fossil fuels,
they have the disadvantage of raising the agricultural lands occupancy
and reducing the area for food production, leading to an increase in
global food prices and creating a competition between food and energy
supply [10,11].
The development of second-generation biofuels emerged as a re-
sponse to overcome the food versus energy conﬂict. Lately, interest in
them has grown widely because they represent a promising sustainable
alternative to substitute petroleum energy and diminish the negative
environmental impact [4]. Second generation biofuels are produced
from a diversity of lignocellulosic biomasses, including industrial,
agricultural and forestry residues, as well as non-edible crops. These
types of raw materials are renewable low-priced, and accessible
[9,11–14].
Lignocellulosic materials are mainly composed of cellulose, hemi-
cellulose and lignin polymers that are present in the cell wall of plants.
These polymers interact with each other and provide the material a
recalcitrant nature due to cellulose crystallinity and the linkage through
covalent and hydrogen bonds [15,16]. Cellulose and hemicellulose can
be reduced to fermentable sugars to produce bioethanol. A typical
composition of lignocellulosic biomass consists of 35–50% cellulose,
15–35% hemicellulose and 10–35% lignin. However, the concentration
of the components depends mainly on the source of the plant studied
[12,17].
On the other hand, third generation biofuels are obtained from
aquatic biomass such as macro and micro algae, as well as ﬁsh residues
[17–19]. Third generation biofuels present certain advantages over ﬁrst
and second biofuels, such is the case of microalgae which harvesting
cycle is shorter than traditional crops, allowing higher yields due to
several harvests through the year [20,21].
1.2. Second-generation bioethanol production process
The production process of bioethanol from lignocellulosic biomass
involves three main stages: pretreatment, enzymatic hydrolysis, and
fermentation. Fig. 1 presents a ﬂow diagram of the production process
of second-generation bioethanol.
1.2.1. Pretreatment
First, the raw material must be subjected to a pretreatment, which is
an essential step in the process to overcome the recalcitrance of the
lignocellulosic biomass. Pretreatment consists in the fractionation of
the biomass into its main components (cellulose, hemicellulose, and
lignin) to facilitate the subsequent enzymatic and microbial attack.
Pretreatment facilitates the access to biomass by reducing the crystal-
linity of cellulose, increasing the pore size and surface area of cellulose,
modifying the lignin structure, and totally or partially solubilizing
hemicellulose. A diversity of pretreatment methods has been devel-
oped, including physical, physicochemical, chemical and biological
processes [2,12,22–24].
Physical pretreatment consists in the comminution of the lig-
nocellulosic biomass with the aim to reduce the particle size and the
crystallinity of the biomass by mechanical methods such as milling,
grinding or chipping [25–27]. On the other hand, chemical pretreat-
ment implies the utilization of diﬀerent chemical compounds to disrupt
the lignocellulosic structure. They are classiﬁed according to their
chemical nature as acid, alkaline and ionic liquid pretreatments. Also,
oxidizing agents can be used to chemically pretreat the biomass, in-
cluding ozonolysis and peroxide oxidative pretreatment; as well as or-
ganic solvents in an organosolv pretreatment [26,28]. Furthermore, a
diversity of physical and chemical technologies combinations have
been used to reduce the recalcitrance of the lignocellulosic biomass.
The most commonly used physicochemical strategies are liquid hot
water (also known as autohydrolysis), steam explosion, ammonia ﬁbre
explosion and, microwave pretreatment [25,29,30]. Finally, biological
pretreatments represent an environmentally friendly alternative that
comprises the use of microorganisms, mainly fungi, that produces en-
zymes able to degrade lignin and hemicellulose [25,26,31].
1.2.2. Enzymatic hydrolysis
Once the biomass has been subjected to a pretreatment, the second
stage in the production of bioethanol is the hydrolysis of the poly-
saccharides recovered from the pretreatment. Hydrolysis consists in the
degradation of the polysaccharides in an aqueous medium catalyzed by
enzyme or acid. Therefore, the hydrolysis can be carried out by che-
mical or enzymatic processes [2,17]. However, enzymatic hydrolysis is
considered the most promising strategy because it presents several
Fig. 1. Production process of second-generation bioethanol.
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advantages over chemical sacchariﬁcation including high eﬃciency,
low energy consumption due to the requirement of mild operation
conditions, not environmental damage because enzymes are biode-
gradable, not toxic compounds formation and, low deterioration and
corrosion problems for the equipment. Additionally, enzymatic hydro-
lysis produces fewer fermentation inhibitors [12,32–36].
1.2.2.1. Cellulase action mechanism. Enzymatic hydrolysis of cellulose
involves the reaction between cellulases and insoluble cellulose in an
aqueous medium that aims at the degradation of polysaccharides into
fermentable monomeric sugars [1,33,37]. So, in this process,
cellulolytic enzymes are used as catalysts to cleave β-1,4 glucosidic
bonds present in cellulose to generate glucose that subsequently can be
transformed into bioethanol by fermentation. Cellulase enzymes are a
complex system of highly speciﬁc proteins that comprise three main
types: endo-1,4-β-D-glucanases, exo-1,4-β-D-glucanases (also known as
cellobiohydrolases) and β-glucosidase. This group of enzymes works
synergistically to degrade cellulose molecule. First of all,
endoglucanases randomly break down β-1,4 glucosidic bonds in the
amorphous regions in the interior of cellulose backbone releasing
mainly cellodextrin by the addition of a water molecule in the β-1,4
glucosidic linkage, producing new reducing and non-reducing ends.
Subsequently, cellodextrin is hydrolyzed by the action of
exoglucanases. So, exoglucanases hydrolyzes cellulose and these
cellodextrins from its reducing and non-reducing chain ends to
produce cellobiose (dimer conformed by two units of glucose); and
ﬁnally, β-glucosidases cleave cellobiose releasing soluble glucose
monomers. β-Glucosidases does not have a signiﬁcant eﬀect over
insoluble cellulose [2,33,35,38–44]. Fig. 2 shows the described
mechanism of action of cellulase enzyme. Another important factor in
the enzymatic reaction development is the adsorption of cellulases onto
the surface of the lignocellulosic material. Most endoglucanases and
exoglucanases have a carbohydrate binding module that promotes this
adsorption process. Typically, adsorption has been reported to take
between 10 and 15min, which is related to the reaction rate [45,46].
The eﬃciency of cellulose enzymatic sacchariﬁcation is determined
by diﬀerent factors. The optimal conditions for cellulolytic enzymes
activity are temperature value between 45 and 55 °C and pH in the
range of 4–5 [15,25,33]. Also, mixing conditions and solid-liquid ratio
play an essential role in the hydrolysis of the polymer because suitable
mass and heat transfer are required to ensure a good enzyme-substrate
interaction [47].
1.2.2.2. Enzymatic hydrolysis economics. Enzymatic sacchariﬁcation has
not been successful in the attempt to scale up the process to the industry
due to several obstacles. Economically, enzymatic hydrolysis is
considered commercially unfeasible due to the high cost of the
cellulolytic enzymes [2,17,48]. Currently and according to Sigma
Aldrich, the market price of the cellulases is approximately $9500
USD/gal of enzyme [49]. However, Novozymes reported that their
second generation cellulases, Cellic CTec2®, only represents a cost of
$0.50 USD/gal of ethanol produced [50]. According to Liu et al. [51], it
is unfeasible to purchase cellulolytic enzymes from current market
suppliers; therefore, the authors propose on-site enzyme production as
an alternative to boost economically feasible industrial lignocellulosic
ethanol production, which could lead to cellulase enzyme cost
reduction from 30 to 70% [51–53]. The cost of cellulases is still
diﬃcult to certainly stablish, because it depends on several factors,
including enzyme dosage and the bioethanol production yield, as well
as, negotiation between suppliers and consumer [51,54]. The cost
contribution of enzymes has been reported to vary from $0.1 USD to
$0.4 USD per gallon of bioethanol produced [54–56]. However, Klein-
Marcuschamer et al. [55], in their techno-economic model for the
production of bioethanol from corn stover, reported a cellulase enzyme
cost $0.68 USD/gal ethanol assuming the maximum theoretical yields
in the process, and an enzyme price of $1.47 USD/gal using previously
reported yields. In a more recent techno economical evaluation, Liu
et al. [51] found an enzyme cost of $2.71 USD/gal based on the
commercial price of enzyme and conventional yields of bioethanol.
Moreover, it has been reported that the enzyme cost represents about
15–28% of the bioethanol selling price, or 20% of the overall
bioethanol production costs [45,53,57,58]. Therefore, enzyme cost is
considered one of the main barriers that hinder the commercialization
of second generation bioethanol [59].
Additionally, enzymatic hydrolysis undergoes other limitations, in-
cluding the slow rate of the hydrolysis reaction that is related to the
decrease in cellulase activity, due to the inhibition of the enzyme by
several compounds present during the sacchariﬁcation process [34].
The presence of xylan (major component of hemicellulose) and lignin in
the biomass reduces the eﬃciency of hydrolysis, because they act as a
physical barrier that prevents the access of the enzyme to the cellulose
surface. Particularly, lignin is an important inhibitor due to the high
aﬃnity of cellulase to it, so that the enzyme tends to adsorb into lignin’s
surface generating non-productive binding that reduces the enzymes
activity [47,60–62]. Moreover, during the pretreatment, a wide variety
of inhibitors are produced, such as phenolic compounds, furfural, 5-
hydroxymetil furfural (HMF), weak acids, among others. However, the
type and amount of inhibitors generated depend on the type of pre-
treatment employed [35,40,41].
The crystallinity of cellulose and polymerization degree are also
Fig. 2. Cellulase enzymes action mechanism. Modiﬁed and adapted from Aditiya et al. [2].
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obstacles that hinder the action of enzyme action and diminish the
glucose production yield [2,37]. Furthermore, during the enzymatic
hydrolysis, oligosaccharides, disaccharides, and monosaccharides are
produced which also act as inhibitors of cellulase enzyme. It has been
demonstrated that these enzymes undergo feedback inhibition, as in the
case of cellobiose that can inhibit cellulase. Likewise, β-glucosidase
generally has its activity reduced in the presence of glucose
[38,41,63,64].
Consequently, a diversity of strategies has been proposed to im-
prove the cellulose bioconversion into glucose in the enzymatic sac-
chariﬁcation process, with the aim to make it more eﬃcient and cost-
eﬀective. In previous studies, percentages of 40–50% of cellulases have
been reported to stay absorbed onto lignin surface after sacchariﬁcation
processes, which represents economic losses due to decreased glucose
yields [45,59]. As a result of this diﬃculty, one of the strategies de-
veloped consists in the addition of surfactants or non-catalytic proteins
to prevent the non-productive binding of the cellulolytic enzymes to
lignin and thus decrease the deactivation of cellulases [25,47,65,66].
Also, the production of more eﬃcient cellulolytic enzymes with en-
hanced catalytic activity, the modiﬁcation of the operational condi-
tions, particularly the adjustment of the pH, as well as the enzymes
immobilization and recycling (see Section 2.3.1) are considered pro-
mising alternatives to increase the enzymatic hydrolysis yields
[47,59,65–67]. Enzyme recycling is an option to reduce enzymatic
bioconversion costs, as it allows to reuse cellulolytic enzymes for
multiple lots, decreasing new enzyme feeding [68]. It has been stated
that enzyme recycling could lead to enzyme cost savings reduction of
50–60% [45]. Unfortunately, little information has been published and
reported about enzyme recycling economics.
Another strategy to enhance the economics on enzymatic hydrolysis
is the well-known simultaneous sacchariﬁcation and fermentation
(SSF), which consists in the integration of enzymatic and fermentative
processes in a single step (see Section 1.2.3), as it reduces equipment,
operation, and production costs. This alternative also allows to reduce
feedback cellulase inhibition, as end products are promptly transformed
into bioethanol making the process more eﬃcient [69–71]. A techno-
economical evaluation carried out by Wingren et al. [72] indicated that
the utilization of high solid loadings in SSF processes, the recycling of
the process streams, as well as the reduction of yeast dosage could lead
to signiﬁcant economic improvements in bioethanol production.
Regarding to the strategies to overcome the economic limitations of
the enzymatic hydrolysis, one of the most studied alternative is the
employment of high solid concentrations. It is well documented that a
cost-eﬀective distillation process requires a concentration of ethanol
over 4% w/w, which implies that at least a concentration of 8% w/w of
fermentable sugars should be achieved at the enzymatic hydrolysis
stage [1,64,73,74]. Hence, to ensure an increased yield of glucose
production, it is necessary to perform the sacchariﬁcation with a high
concentration of solids, speciﬁcally solid loadings above 15% on dry
basis. However, a high concentration of solids may result in a highly
viscous solution that may aﬀect the mass and heat transfer between the
enzyme and the substrate and produce an increased amount of in-
hibitory compounds. Many researches have been developed around
these limitations with satisfactory results [1,28,75].
1.2.3. Fermentation
The ﬁnal stage in the production of bioethanol from lignocellulosic
biomass is the fermentation, which consists in the conversion of
monomeric sugars obtained in the enzymatic hydrolysis into bioethanol
by the action of microorganisms such as yeast, bacteria, and fungi. The
biological fermentation agents most commonly used for bioethanol
production are yeasts, particularly Saccharomyces cerevisiae, which is
capable of fermenting hexose sugars, especially glucose, in ethanol
under controlled conditions [2,40,76]. Once the fermentation is com-
pleted, a subsequent puriﬁcation step by distillation is required, where
the produced bioethanol is separated from the water [40,77].
Certain strategies have been developed to improve fermentation,
including separate hydrolysis and fermentation (SHF) which consists in
the execution of the enzymatic hydrolysis and fermentation in diﬀerent
stages. On the other hand, simultaneous sacchariﬁcation and fermen-
tation (SSF) performs the enzymatic hydrolysis and fermentation at the
same time in a single reactor [15,25,78–80]. To meet desired overall
yields during ethanol production from lignocellulosic materials, it is
important to use both hexoses and pentoses. This can be achieved by co-
fermentation of sugars in SSF, so called SSCF (simultaneous sacchar-
iﬁcation and co-fermentation), using genetically modiﬁed yeast strains
[81–83].
2. Bioreactor design
Bioreactors are essential elements in every biological process; even
more they are considered the core of bioprocesses. Bioreactors are the
units in which a reaction or a biological process occurs. The bioreactor
must provide the optimal conditions to satisfy the requirements of the
biological system (enzyme, microorganism or cell) and to ensure a high
yield of the bioprocess [84,85].
A bioreactor for the enzymatic sacchariﬁcation stage must fulﬁll
certain requirements. As mentioned in Section 1.2.2, the cost of en-
zymes represents an important limitation in the lignocellulosic biomass
bioconversion for bioethanol production, therefore, the bioreactor aims
to promote the conditions for maximum conversion of cellulose into
glucose with the lowest dosage of enzyme. Then, the bioreactor must
ensure the eﬃcient use of the catalyst and the substrate, which will be
reﬂected in the glucose yield produced per enzyme fed to the system
and in the amount of glucose produced per cellulose unit, respectively,
which are considered the main variables to be evaluated for the design
of a bioreactor for the sacchariﬁcation process. Additionally, the bior-
eactor design pretends to optimize the productive volume of the vessel,
i.e. the rate of glucose production per volume of reactor [64].
The design of a bioprocess requires the prior study of the biological
system involved, including aspects such as, the type of substrate to be
transformed, and the conditions that potentiate the biological activity
and improve the bioconversion to obtain a higher concentration of the
desired product. In the speciﬁc case of enzymatic hydrolysis, it is ne-
cessary to determine the conditions that maximize the enzymatic ac-
tivity [84,86].
To design a bioreactor for the sacchariﬁcation process, it is neces-
sary to control certain parameters and variables, especially tempera-
ture, pH, and agitation. The control of temperature and pH is essential
to ensure the optimal conditions for the cellulolytic enzymes activity
[41,86]. Additionally, an adequate mixture is fundamental to guarantee
the optimal interaction between the cellulases and the substrate to
favor the adsorption and the enzymes synergism, increasing the hy-
drolysis eﬃciency of the cellulose [65]. In the design of an enzymatic
hydrolysis bioreactor is also essential to control mass and heat transfer
conditions [87], as well as to evaluate the shear sensibility of the bio-
logical system, that is the degree of susceptibility to a shear force when
applied excessive agitation, which may lead to a reduction in the en-
zyme activity [84,86]. Moreover, the energy consumption is a key
factor to be considered in the bioreactor design to ensure the lowest
power energy demand [88].
2.1. Operation mode
Regardless the bioreactor conﬁguration and geometry, there are
three main operation modes according to the way the substrate is fed,
i.e. discontinuous, semi-continuous, and continuous mode. Fig. 3 gra-
phically represents the behavior of the substrate concentration over
time during a biological process in the diﬀerent operational modes. The
eﬀect of the operation mode has been analyzed from the experimental
and modelling point of view [89,90].
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2.1.1. Batch mode
Discontinuous or batch mode is widely used in the production of
bioethanol processes and it is the preferred one in several industries. In
this operational mode, the substrate is initially loaded to the bioreactor
without additional feed or removal of substances from the system
(closed process). So, batch operation mode implies that the volume
remains constant until the end of the reaction [91,92].
2.1.2. Fed-batch mode
Also known as semi-continuous mode, this operational mode con-
sists in the intermittent addition of nutrients during the enzymatic
sacchariﬁcation, so that at established periods of time, fresh substrate is
added to the reaction vessel [91]. Fed-batch is considered a promising
operational mode in biomass hydrolysis, because it promotes the
homogenization of the biological system producing higher conversion
yields than batch process [93,94]. Du et al. [95], reported that fed-
batch mode represents an alternative to overcome mixing problems
when working at high solids loads because it prevents the excessive
viscosity of the substrate. Also, they stated that this operational mode
allows increasing the initial substrate concentration and decreasing
inhibition problems by reducing unproductive enzyme binding. More-
over, fed batch strategy provides longer time for the pretreated biomass
to hydrolyze into fermentable sugars [1].
2.1.3. Continuous mode
In continuous mode processes, substrate is continuously fed to the
bioreactor and the products are continuously removed from the reac-
tion vessel with the same feed ﬂow rate, so that, when the system
reaches a certain steady state the volume of the liquid keeps constant
through the biological reaction [85]. According to Al-Zuhair et al. [34],
in processes aﬀected by substrate inhibition, continuous biocatalytic
reactions in stirred tank bioreactors are more convenient because they
allow to minimize the substrate concentration. Additionally, it is stated
that heat rate and temperature control are simpler in continuous mode
reactors than in batch processes [96].
2.2. Types of bioreactors
In the last decades, diﬀerent conﬁgurations of bioreactors have been
developed to perform the enzymatic hydrolysis stage. The following
paragraphs present a description of the most common bioreactors in-
cluding their advantages and disadvantages, as well as the main aspects
to keep in mind in each of the bioreactors types.
2.2.1. Stirred tank bioreactors
Stirred tank bioreactors (STBR) are the most commonly used to
carry out enzymatic processes. This type of bioreactors consists of a
cylindrical vessel with one or more impellers (agitators) assembled with
an external motor. At batch mode, STBR assume that mixture is intense
and uniform, so that operational conditions related to the biochemical
reactions and the biocatalytic concentration are homogeneous inside
the reactor. The design of these bioreactors can include baﬄes that
prevent the generation of vortex and improve the mixing conditions
between the substrate and the enzyme. To provide the heating-cooling
interchange to the biological system, a diversity of techniques can be
employed depending on the size of the bioreactor. For small scale re-
actors, the vessel can be placed into an incubator or equipped with an
electrical heater. Also, the external wall of the vessel of small and large
bioreactor can present a thermal jacket, this being the most commonly
method used for large scale bioreactors. On the other hand, very large
bioreactors are generally provided with internal serpentine heating-
cooling systems [85,97,98]. Fig. 4(A) shows a schematic representation
of a STBR with its principal components.
STBR could be built in of glass, stainless steel, or carbonate; how-
ever, laboratory scale bioreactors are usually built in glass. Fig. 4(B)
presents a STBR with the principal dimensions that must be considered
for the design of the unit. According to Garcia-Ochoa et al. [98], typi-
cally a 0.3–0.6 ratio is used for the diameter of the impeller and the
diameter of the tank (DI/DB). On the other hand, the proportion be-
tween the height of the bioreactor and the diameter of the bioreactor
(HB/DB) is stablished in a range of 2:1 or 3:1. Likewise, other typical
ratios include LI/DI: 0.25, WI/DA: 0.2, HI/DA: 1 and WF/DB: 0.1 [97].
2.2.1.1. Agitation systems. In order to ensure an adequate mass and
heat transfer in a STBR during the enzymatic sacchariﬁcation process,
diﬀerent types of agitation systems have been studied with the aim to
enhance the cellulose conversion and reduce the power energy
consumption.
The agitation system applies a force in the ﬂuid that produces the
movement and thus causes circulation, distribution, and interaction
between the biological components. The mixing eﬃciency is de-
termined by the rate, ﬂow and, mixing patterns provided by the im-
pellers. The mixing pattern can be classiﬁed as radial or axial, de-
pending on the direction of movement of the components [85].
Most vessels are equipped with Rushton turbines, a radial ﬂow
impeller shown in Fig. 5(A). However, Rushton turbines have the dis-
advantage of creating a staged mixing pattern that produces an un-
uniform enzyme-substrate interaction, therefore, agitation systems that
combine axial and radial impellers have recently been developed to
achieve an enhanced mixing patterns [87]. Correâ et al. [99] employed
three blade Elephant ear impellers (see Fig. 5(B)) in STBR to perform
the enzymatic hydrolysis of sugarcane bagasse. They evaluated four
dual-impeller conﬁgurations combining Rushton turbines and Elephant
ear impellers and concluded that the conﬁguration conformed by two
Elephant ear impellers required lower energy consumption, less mixing
time and presented better homogenization of the medium. Additionally,
Fig. 3. Substrate concentration evolution over time during biological process (S0: initial substrate concentration, Sf: ﬁnal substrate concentration). Modiﬁed and
adapted from Teixeira et al. [85]
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elephant ear impeller diminished the eﬀects of the soluble inhibitor
compounds, producing a higher cellulose conversion [99]. On the other
hand, Helical ribbon impellers illustrated in Fig. 5(C) are mainly used
for non-Newtonian ﬂuids and substrates with high viscosity that com-
monly would present diﬃculty at their agitation. This type of agitation
systems has the advantage of providing an eﬃcient mixing and re-
quiring less energy consumption [65,100], which have turned them
into a valuable alternative for enzymatic hydrolysis, developed at high
solid loadings. Zhang et al. [88] designed a bioreactor with an agitation
system formed by a Helical ribbon impeller to study a SSF at high solids
loading for the production of bioethanol. In the research, a comparison
between the Helical ribbon impeller and the commonly used Rushton
turbine was made, identifying that Rushton turbine is not appropriate
for high viscous ﬂuids. The helically agitated system presented higher
glucose yields and ethanol production rate than the Rushton turbine
stirring, as well as energy conservation advantages [88].
Moreover, Fig. 5(D) shows another type of agitation system for
enzymatic hydrolysis known as Peg mixer, which was employed by
Caspeta et al. [101], who stated that Peg mixer is more convenient for
enzymatic sacchariﬁcation at high solid loadings, because it promotes
Fig. 4. (A) Stirred Tank Bioreactor schematic representation, (B) Nomenclature for STBR dimensioning (WF: Width of baﬄes,WI: Width of the impeller, DI: Diameter
of the impeller, DB: Diameter of the bioreactor, HB: Height of the bioreactor, HI: Height between the impellers and the bottom of the bioreactor, LI: Length of the
impellers). Modiﬁed and adapted from Catapano et al. [97] and Garcia-Ochoa et al. [98].
Fig. 5. Impeller types. (A) Rushton turbine, (B) Elephant ear impeller, (C) Helical ribbon impeller, (D) Peg mixer, (E) Anchor impeller. Modiﬁed and adapted from
Garcia-Ochoa et al. [98] and Correâ et al. [99].
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the absorption of the enzyme on the cellulose substrate. They studied
the enzymatic bioconversion at high solid loadings in mini-bioreactors,
reporting that this type of impeller allows to overcome the mass
transfer limitations and enzyme inhibition commonly present in highly
viscous ﬂuids. The authors concluded that the experiments performed
with the Peg mixer system presented higher conversion rates of cellu-
lose to glucose than the ones developed in common shake ﬂasks.
Likewise, Fig. 5(E) depicts an Anchor impeller, which is a mixing
conﬁguration recommended for viscous ﬂuids, because its blades work
as scrapers that prevent stagnation of the material on the bioreactor
walls [102]. Carvajal et al. [103] used a 5 L bioreactor with an anchor
impeller to study the rheological properties variation of steam-exploded
Arundo during enzymatic sacchariﬁcation through computational ﬂuid
dynamics (CFD) software. The authors chose this mixing conﬁguration
to ensure that the slurry did not stick to the reactor walls and reported
that the Anchor impeller presented good mixing performance over a
wide range of conditions. In another research, Palmqvist et al. [104]
studied enzymatic hydrolysis at high solid loadings using a 3 L STBR,
equipped with an Anchor impeller to agitate the steam-pretreated
material. In this research, two diﬀerent aspects were evaluated; the ﬁrst
one consisted in keeping the impeller speed constant and the second
one in maintaining the impeller power input constant during the en-
zymatic hydrolysis assays with two diﬀerent raw materials (spruce and
Arundo). The results showed that the behavior of the materials was
diﬀerent in both processes, therefore the researchers concluded that the
design of the hydrolysis equipment and operation mode must be spe-
ciﬁc for each raw material, due to the diﬀerent nature of the lig-
nocellulosic materials evaluated.
There are diﬀerent types of impellers that can be use in STBR during
the enzymatic sacchariﬁcation process. However, each one presents
speciﬁc ﬂuid proﬁle, ﬂow pattern and performance, therefore it is im-
portant to develop experimental assays to select the most suitable
mixing conﬁguration to guarantee an increased glucose yield [99].
2.2.1.2. Energy consumption. The cost-eﬀectiveness of the enzymatic
sacchariﬁcation process implies ensuring a low energy consumption.
Therefore, one of the most important variables to be taken into account
in the STBR design is the energy consumption (PW ), which is
determined according to equation (1) [65,85,105]. Correâ et al. [99]
applied equation (1) to determine the power number (NP) of a variety of
impeller conﬁgurations to identify the most appropriate for the
enzymatic hydrolysis of sugarcane. The power number is a variable
that correlates the power consumption in an agitated vessel with the
rotational speed and the physical properties of the medium [106]. In
this investigation, the power consumption was estimated by the torque
(Tq) and the angular velocity (ω) of the agitators, as described in
equation (2).
=P N ρ N DW P F I A3 5 (1)
=P T ωW q (2)
The power number (NP) is a characteristic constant of the agitator in
a turbulent regimen. The equation (1) can be used to predict power
consumption for ﬂuids with Reynolds number (NRe) higher than 104. A
mathematical expression that allows to determine the ﬂow regime of
the ﬂuid is the Reynolds number, which is deﬁned as the expression
presented in equation (3).
=N ρ N D μ/Re F I I l2 (3)
2.2.1.3. Mixing time. Additionally, mixing time (tm) is an important
variable to evaluate the performance of the mixing system in the STBR
design. The mixing time is an speciﬁc variable of each bioprocess and
correlates the reactor dimensions with the operating conditions of the
system [99]. It represents a useful tool to scale-up the process [107].
Eqs. (4) and (5) present math expressions to estimate the mixing time
for a STBR without aeration in turbulent regime (NRe greater than 5000)
operated in a batch mode [108]. In equation (5), ct is a theoretically
calculated constant with values between 0.75 and 2 [85].
=t D D H D
N N
( / ) ( / )
m
B A L B
I P
3
0.33 (4)
= −t c
D D H D
N N H D
( / ) ( / )
( ( / ) )m t
B A L B
I p I A
3
2 0.33 (5)
In an investigation carried out by Correâ et al. [99] to study the
mixing design for enzymatic hydrolysis of sugarcane bagasse with dif-
ferent impeller conﬁgurations, the equation (6) was used to determi-
nate the mixing time factor, as proposed by Norwood et al. [109],
which is a dimensionless variable that can be plotted as a function of
the Reynolds number to correlate the mixing and ﬂow patterns.
=φ t N D g D
H D
( )m I A A
L B
2 2/3 1/6 1/2
1/2 3/2 (6)
2.2.2. Membrane bioreactors
Membrane bioreactors (MBR) are reactors that combine a biological
reaction with a separation method. They employ specialized mem-
branes that act as physical barriers, precluding the mobilization of the
entire mass, and allowing the passage of one or more species. This
conﬁguration of bioreactor is considered a promising alternative to
develop enzymatic hydrolysis. In cellulose sacchariﬁcation, speciﬁc
membranes allow the immobilization of the enzymes, which remain
physically trapped in the membrane due to their impermeable nature
[84,110]. The main advantage of this type of bioreactors is the possi-
bility of recovering and reusing the biocatalyst. Also MBR present low
shear stress forces that diminish the loss of the biocatalyst activity
[97,111].
As mentioned previously in Section 1.2.2, during the enzymatic
hydrolysis of cellulose, cellulase enzyme undergoes feedback inhibition,
mainly by glucose and cellobiose, which bind to the active site of the
enzyme. According to Andrić et al. [64] the best method to minimize
the inhibition by the product in the enzymatic hydrolysis of cellulose is
the removal of the inhibitor product from the eﬄuent of the reaction.
Membrane separation methods have been reported to be cheaper and
easier to scale up than chromatography processes [112]. Hence, the use
of MBR has been stated as a promising alternative to reduce the feed-
back inhibition eﬀect, in order to enhance cellulose conversion and
improve enzyme eﬃciency. In this system, the enzyme and the poly-
saccharides (substrate) are impermeable to the membrane so that they
are retained therein, whereas the glucose with a lower molecular
weight permeates through the membrane [111,113]. Thus, Ohlson et al.
[114] state that removal of end-products in MBR increases the initial
reaction rate of enzymatic hydrolysis of cellulose by four times over
conventional batch bioreactors results. Also, according to Gan et al.
[115], the semi-continuous and continuous operations of MBR allow a
greater cellulose conversion than batch processes due to feedback in-
hibition. Furthermore, Andrić et al. [113] remarked that the degree of
cellulose conversion was 40% higher in MBR than the ones reached in
batch reaction processes. Moreover, the MBR allowed the procurement
of pure products due to the entrapment of the substrate and the enzyme
in the semipermeable barrier [113].
In MBR, the biocatalyst can be used immobilized or free. The ﬁrst
conﬁguration has been reported to be unfeasible for lignocellulosic
substrates due to the limited adsorption of the enzyme on the solid
substrate, which is essential for the bioconversion of cellulose to glu-
cose by the cellulase action. However, the immobilized employment of
the biocatalyst has the advantage of being able to reuse the enzyme as it
remains trapped in the membrane. On the other hand, the utilization of
the free enzyme presents higher degree of conversion of cellulose to
glucose than the immobilized systems, because it allows a greater
M.S. Pino et al. Chemical Engineering Journal 347 (2018) 119–136
126
enzyme-substrate mass transfer, as well as in situ continuous product
removal [34,113].
2.2.2.1. System conﬁguration. There are diﬀerent conﬁgurations of
bioreactors that employ membrane separation for removal of
inhibitor product. Fig. 6(A) presents a typical representation of an
integrated MBR, wherein a membrane is coupled to a STBR for the in
situ removal of cellulose hydrolysate in the permeate, in the same
container. This conﬁguration is known as dead-end ﬁltration, which
refers to the use of a ﬂow direction perpendicular to the membrane
position. Dead-end ﬁltration is the most commonly used conﬁguration
in integrated bioreactor systems [116]. Generally, in this system the
reaction vessel is connected to substrate, enzyme, and buﬀer feed tanks
as well as a product reservoir [117]. Carrying out the bioprocess in an
integrated system exhibits certain beneﬁts, such as the reduction of the
operation costs and the capital investment, as well as conversion
eﬃciency enhancement [115].
Another common conﬁguration of the MBR consists on perform the
sacchariﬁcation in separated units, i.e. a mixing and sacchariﬁcation
tank and a separation unit, as shown in Fig. 6(B). In this case, ﬁrstly, the
reaction is performed in a STBR and then it is transported to the
membrane separation cell where glucose is permeated through the
membrane. This conﬁguration requires the recycling of the reaction
slurry containing the biocatalyst [113,118]. The utilization of separated
reaction tanks is simpler to scale up, however, it presents possible
cellulase activity loss during its transport through pumping accessories
[115].
Knutsen et al. [119] investigated the simultaneous implementation
of two types of membrane technologies in the enzymatic sacchariﬁca-
tion of pretreated corn stover. They studied the recovery and reuse of
cellulase enzyme, by using ﬁlter paper through a vacuum ﬁltration unit
to separate end products from substrate and enzyme particles; while the
permeate was passed through an ultraﬁltration cell to promote addi-
tional hydrolysis. The retentate was recycled to the reaction vessel in
order to take advantage of the unhydrolyzed corn stover and, to reuse
soluble enzyme contained in the ﬁlter cake. The results demonstrated
that the additional ultraﬁltration step is unfeasible due to highly
linkage of the enzyme to the unhydrolyzed substrate. However, the
authors stated that vacuum ﬁltration with ﬁlter paper itself is an eﬃ-
cient technology to separate and reuse enzyme bound to the substrate.
Table 1 presents a summary of some investigations that employed
membrane systems to study enzymatic hydrolysis of cellulolytic sub-
strates.
2.2.2.2. Operational variables. The operation of a MBR involves several
parameters that should be taken into account, including reaction
kinetics, mass transfer and product separation eﬀectiveness [115].
Also, the operating temperature, pH and the concentration of the feed
solution play an important role in the eﬀectiveness of enzymatic
hydrolysis in a bioreactor. However, these aspects were previously
described in Section 1.2.2, therefore, the development of this section
will focus on the ﬁrst mentioned parameters.
The type of membrane is essential to ensure an eﬃcient removal of
the inhibitor products. Diﬀerent types of separation units can be used in
MBR for the puriﬁcation of saccharides, including ultra- and nanoﬁl-
tration membranes. Enzymes particle size vary from 10 kDa to 100 kDa,
so that ultraﬁltration membranes (UFM) are suitable for their retention,
as they encompass pore sizes from 0.5 to 100 kDa [121]. UFM materials
most commonly used for enzymatic MBR are ceramic and synthetic
polymers, such as, nylon, polypropylene, polyethylene, polyamide,
polysulfone, polyvinylidene diﬂuoride, and cellulose acetate. Diﬀerent
factors should be considered in the selection of the most adequate
membrane, including substrate, enzyme and end-product sizes, che-
mical interactions between the compounds involved in the reaction and
separation [122,123]. However, speciﬁcally for cellulose hydrolysis,
ultraﬁltration membranes (UF) are the most frequently used, especially
polysulfone membranes with a cut-oﬀ between 10 and 50 kDa, which
are organic hydrophobic cellulosic barriers that are considered appro-
priate for use under mild conditions in which cellulolytic enzymes work
best [116]. In the bioreactor, the membrane can be disposed either in
tubular or ﬂat-sheet membrane cells. Bélaﬁ-Bakó et al. [111] compared
the eﬃciency between a special UFM of layered tubular cell and the
usual ﬂat-sheet membrane module, ﬁnding out a 10% higher conver-
sion of the substrate into product in the tubular unit, as well as, better
productivity.
Regarding to the economy of MBR, it is considered that the mem-
brane cost is one of the most signiﬁcant investment in MBR. However,
according to a recent economical evaluation developed by Abejón et al.
[124], who studied the optimization of an enzymatic membrane bior-
eactor for wastewater treatment with ceramic membrane modules, the
results indicated that the membrane cost represented from 0.1 to 4.8%
of the annualized process total costs regarding to the regeneration
frequency of the membrane; nevertheless, it was found that the most
signiﬁcant cost was due to operation of the MBR, representing 99.6 to
87.6% of the annualized process total costs. Otherwise, synthetic
polymer membranes imply lower production costs than ceramic mem-
branes [123]. López et al. [125] reported an ultraﬁltration membrane
cost of $1600 USD, in agreement with the price considered by Bick et al.
[126] in their economic evaluation of an integrated membrane system,
who reported a cost of UFM modules of $1650 USD.
Unfortunately, there is a common phenomenon called fouling that is
considered one of the major drawbacks that aﬀect the performance of
MBR, due to permeate ﬂux reduction, permeability, and membrane
selectivity modiﬁcation, as solids deposit and accumulate on the
Fig. 6. Schematic representation of system conﬁgurations for membrane bioreactors (A) Integrated to reaction tank, (B) Separated from the reaction tank. Modiﬁed
and adapted from I. Ohlson et al. [114] and N. Mameri et al. [117].
M.S. Pino et al. Chemical Engineering Journal 347 (2018) 119–136
127
membrane surface acting as a secondary membrane that avoids the
permeation of the desired compounds. Fouling eﬀect depends on sev-
eral factors, including the type of membrane, nature of solutes, hy-
drodynamic properties, operation conditions, and the interactions be-
tween the membrane and solids [127]. Enzymes tend to cause internal
fouling of the membranes, because their size is similar to the mem-
brane’s pore size, remaining trapped into the membrane matrix and
blocking the membrane pores [45,112,128]. Generally, ultraﬁltration
membranes undergo superﬁcial fouling, while in microﬁltration mem-
branes pore blocking occurs in greater extent [129]. Therefore, it is
important to consider an eﬃcient membrane cleaning method to avoid
undesired fouling by the accumulation of solid particles on the mem-
brane surface. To avoid fouling of the semipermeable barrier diﬀerent
strategies have been proposed; some authors suggest the application of
intense mixing to increase turbulence or higher transmembrane pres-
sure as driving force. Also, backﬂushing of the membrane has been
studied [111,130]. More recent investigations propose the use of
electro-kinetic membrane cleaning where electrical pulses are applied
in situ across the membrane to diminish the concentration polarization
and thus avoid the fouling of the separation cell [115,116]. Further-
more, it has been proposed MBR’s operation in cross-ﬂow mode to
prevent membrane fouling, which reduces permeate ﬂux decline
through the ﬁltration process [131]. Nevertheless, the most promising
alternative to avoid fouling in MBR is the application of a previous
pretreatment of the material ﬁltrate in order to remove solids that can
potentially foul the semipermeable barrier [45,130]. Knutsen et al. [58]
studied cellulase recovery by ultraﬁltration. They evaluated the im-
plementation of a sedimentation process before the ultraﬁltration, with
the aim to eliminate particles larger than 50 µm, obtaining little enzyme
activity loss and higher permeate ﬂux compared to the un-sedimented
treatment, which reﬂect lesser membrane fouling with the pre-sedi-
mented assays.
The rejection coeﬃcient is an important parameter to determine the
performance of the membrane unit. It determines the ability of the
membrane to retain or reject a component of a solution [97]. The re-
jection coeﬃcient (R) is mathematically deﬁned as described in equa-
tion (7). The rejection coeﬃcient for end products takes a value of 0
because it is considered that the concentration of the end product in the
permeate ﬂow (Cp) is equivalent to the concentration within the reac-
tion vessel (Cr) due to non-rejection of the product. On the other hand,
the rejection coeﬃcient for substrate and biocatalyst must be 1 due to
the complete rejection of them [115].
= −R C C1 /p r (7)
Also, it is important to study the solute transport across the mem-
brane in order to understand the phenomenon taking place inside of the
separation unit. Solute transport is stimulated by a transmembrane
chemical potential gradient according to diﬀusive or convective phe-
nomena [97]. It involves mass transfer and ﬂuid dynamics features
[116]. Pinelo et al. [116] suggest the model developed by Jonsson et al.
[132] as an alternative to describe the solute transport across the
membrane in a bioreactor. The model combines the viscous ﬂow and
the frictional model, considering water and solute transportation
through the pores of the membrane, and assuming that friction takes
place among the solute and the membrane pore. The model relates the
rejection coeﬃcient to the properties of solute molecules, as expressed
in equations (8), to deﬁne the separation eﬃciency of the membrane.
The friction coeﬃcient (b) and the distribution factor (K ) are deﬁned as
a relation between the solute and the pore diameters (see equations (9)
and (10)).
− = + − −R b K b K T λJ εD1/(1 ) / (1 / )exp( / )o v i (8)
=b
A A
A A
( / )
( / )
w p friction
i p friction (9)
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However, it is important to mention that this model may not be
applied when operated at certain conditions, including operation at
high ﬂuxes because it does not contemplate the increase of the con-
centration polarization [116].
Besides, the stirring speed of the impeller is a key factor in the
operation of MBR, because it deﬁnes the mixing pattern and the hy-
drodynamics at the surface of the selective barrier, thus inﬂuencing the
membrane’s operation. Liu et al. [120] used a MBR consisting of a STBR
reactor with an ultraﬁltration membrane coupled to the base of the
vessel to carry out the hydrolysis of sodium carboxymethylcellulose.
They evaluated agitation ranging from 300 rpm to 1200 rpm and found
out that the increase in the stirring speed leads to higher cellulose
conversion, due to a better interfacial mass transfer in the reaction
medium and a more eﬃcient adsorption of the enzyme to the substrate
[120]. In contrast, Gan et al. [115] reported that there is no signiﬁcant
eﬀect of the stirring speed on the product yield. They studied the re-
ducing sugar production in an integrated MBR using a bleached and
pulverized cellulose ﬁbre obtained from hardwood pulp and evaluated
agitation speed between 50 and 90 rpm. The authors did not detect a
signiﬁcant relationship between cellulose conversion and stirring
speed. Consequently, it can be inferred that the inﬂuence of the mixing
speed in MBR is highly dependent on the range of the stirring speed
evaluated, since in the latter case a small range of stirring speed has
been evaluated.
2.2.2.3. Volume determination. To design a MBR it is necessary to
consider the reaction kinetics involved in the bioprocess. Al-Zuhair
et al. [34] studied the enzymatic hydrolysis of cellulose in a continuous
STBR with 10 kDa molecular weight cut-oﬀ ﬂat sheet ultraﬁltration
membranes coupled to the vertical sides of the reaction vessel. The
authors proposed the utilization of mass balances and reaction kinetics
to determine the MBR volume, considering several assumptions, such as
ﬁrst order reaction, perfect mixing in the vessel and a speciﬁc desired
percentage of cellulose conversion. The proposed mass balances are
presented in the following equations. Speciﬁcally, equations (11) to
(14) represent the mass balances of cellulose, cellobiose, glucose and,
glucose through the membrane, respectively; where mass ﬂow rates are
correlated with the rates of conversion and the bioreactor volume
(VMBR). Furthermore, equation (15) indicates the conversion of inlet
cellulose into glucose.
= −F F r VC Ci MBR1 (11)
= −F r r V( )B MBR1 2 (12)
= −F r V FG MBR PG2 (13)
= −F K G G( )PG mp p (14)
= +x F F F( )/PG G Ci (15)
Also, Al-Zuhair et al. [34] suggested the use of the mathematical
reaction kinetic model described in equations (16) and (17) proposed
by Philippidis et al. [133], where r1 represents the conversion rate of
cellulose to cellobiose, while r2 indicates the conversion rate of cello-
biose to glucose. The model considers the inhibition eﬀect by cellobiose
and glucose in the conversion of cellulose to cellobiose and then to
glucose.
=
+ +
r k C
B K G K1 / /B G
1
1
1 1 (16)
=
+ +
r k B
K G K B(1 / )m G
2
2
2 (17)
2.3. Operation strategies
As mentioned previously in Section 1.2.2, several strategies have
been proposed to enhance enzymatic hydrolysis. The following sections
describe the most common ones, as well as, give some examples of
current researches that have adopted these strategies.
2.3.1. Enzyme recycling
Cellulase enzymes are expensive, which makes them one of the
main challenges of enzymatic hydrolysis stage and of the bioethanol
production process as a whole [134]. Therefore, it is necessary to look
for alternatives to diminish the impact of enzyme costs. From this, the
idea of recycling enzymes to ensure its eﬃcient use arose. Enzyme re-
cycling is considered an eﬀective strategy to improve the cellulose
bioconversion into glucose, but the enzymes must be stable to avoid
their deactivation through numerous recycling cycles. Several cellulo-
lytic enzymes proven to be stable enough to withstand recycling [135].
In lignocellulosic bioethanol production, there are three possible
streams that can be considered for enzyme recycling: the eﬄuent of
enzymatic hydrolysis, the fermentation broth and, the stillage [45].
Tan et al. [134] proposed a continuous system that consisted in a
column bioreactor connected to a 10 kDa membrane unit, so that the
eﬄuent from the hydrolysis reaction was transferred to the membrane
cell which allowed the low molecular weight sugars permeate through
it, while the substrate and enzymes were retained and continuously
recycled to the column reactor. The authors obtained higher percentage
of cellulose conversion with this strategy than in the batch reactor. It is
important to mention that several MBR investigations previously de-
scribed in Section 2.2.2, apply enzyme recycling to take advantage of
unhydrolyzed cellulose and the enzyme on the retentate.
Rodrigues et al. [135] studied another alternative of enzyme re-
cycling. There are certain substances that can be used to remove cel-
lulase enzymes from lignocellulosic residues, such as, surfactants, urea,
alkali, polyethylene glycol, among other. The strategy proposed by the
authors, consisted in the recovery of the enzymes adsorbed on the solid
phase of the enzymatic hydrolysis through alkaline washing, which is
reported as the method with the lowest enzyme deactivation. In this
work, Rodrigues et al. [135], used diﬀerent commercial enzymes
cocktails and concluded that the enzyme recycling must be studied
speciﬁcally for each formulation, because the enzyme tends to behave
diﬀerently in each of them.
2.3.2. High solid loadings
In enzymatic hydrolysis, insoluble solid loadings between 12 and
15% (w/w) are speciﬁed as the highest limit that allow an adequate
mixing of the phases in conventional STBR; higher solid levels hinder
mass transfer phenomena because the slurry viscosity increases be-
coming a non-Newtonian ﬂuid that diminishes the sacchariﬁcation ef-
ﬁciency [95,136]. The enzymatic sacchariﬁcation experiments per-
formed above 15% (w/w) solid loading are known as high solids
loading enzymatic hydrolysis [1,137].
As mentioned in Section 1.2.2, enzymatic hydrolysis of lig-
nocellulosic biomass at high solid loadings increases the glucose yield
and therefore the overall bioethanol production. Additionally, high
solids loading enzymatic hydrolysis has some economic beneﬁts, such
as lower capital investment due the smaller reactor size, reduced fer-
mentation costs due to maximized glucose concentrations and, dimin-
ished water consumption, which entails lower water treatment costs
[138,139]. However, it is well documented that an increase in solid
content produces mixing diﬃculties, thus, several bioreactor proposals
have been made to overcome the mass transfer problems, including
horizontal rotating tubular bioreactors and diﬀerent impeller conﬁg-
urations in STBR [74,140]. In the design of a bioreactor for high solids
loading enzymatic hydrolysis, the most important parameters and
variables to be considered are: mixing performance, energy consump-
tion and enzyme utilization eﬃciency [95].
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Numerous studies have demonstrated that horizontally orientated
bioreactors are more eﬀective for the development of enzymatic sac-
chariﬁcation at high solids loadings, because it takes advantage of
gravity (free fall) to induce mixing, as well as it reduces particle settling
and hydrolysis product accumulation in certain zones of the bioreactor
[139,141]. Moreover, horizontal bioreactors have the advantage of
requiring lower energy supply than STBR and, being easy to scale up
[139]. Fig. 7 presents a typical horizontal rotating tubular bioreactor
for high solids loading enzymatic sacchariﬁcation.
Du et al. [95] investigated the enzymatic hydrolysis of pretreated
corn stover at solid loadings above 20% (w/w) in two bioreactors: a
horizontal rotating tubular bioreactor with ﬁxed inner blades and a
vertical STBR with double helical impeller. The results obtained showed
that the cellulose conversion was higher in horizontal bioreactors than
in STBR under the same conditions.
Additionally, Du et al. [74] studied three diﬀerent strategies to
overcome the mass transfer limitations in the enzymatic hydrolysis of
deligniﬁed corncob residue at high solid loadings: pre-mixing, fed-batch
and horizontal rotating tubular bioreactor. The results showed that the
horizontal mixing was the most eﬀective approach, to overcome the
mass transfer limitations existing in high solids enzymatic hydrolysis.
The horizontal rotating tubular bioreactor presented an increased li-
quefaction degree and an improved glucose production rate, at the in-
itial phase of the sacchariﬁcation at high solid loadings. Moreover,
higher glucose yield was achieved with this strategy with a cellulose
conversion to glucose of 63.8%.
Other researchers have used vertical stirred bioreactors with diverse
impeller conﬁgurations to guarantee adequate contact among cellulase
and substrate, such as peg-mixer [101], anchor impeller [104] and,
double helical impeller [95]. Table 2 presents an overview of diﬀerent
bioreactor conﬁgurations for enzymatic hydrolysis at high solid load-
ings.
3. Future promising bioreactors for enzymatic hydrolysis
There are other types of reactors known as pneumatically agitated
bioreactors, which usually employ gas to induce the mixing in the re-
action vessel. The gas mixture, normally air, is introduced at the bottom
of the bioreactor via nozzles, perforated plates, or a sparger ring, which
promote the liquid circulation, without the need for moving mechanical
parts. In pneumatically agitated bioreactors the gas-liquid contact is an
important aspect. The gas is mixed with the liquid phase during the
mass transfer process and provide energy through the gas expansion
[142].
The two main types of pneumatically agitated bioreactors are gas-
lift, also known as airlift, and bubble column. Pneumatically agitated
bioreactors present several advantages over other multiphase reactors,
including low shear stress, simple design, no mechanically moving
parts, low energy supply, good mass transfer properties and, low con-
struction and operation costs [143–145].
Even though this type of bioreactors has still not been used for
enzymatic hydrolysis, they represent a promising conﬁguration for the
development of enzymatic sacchariﬁcation, due to the lower energy
consumption since they do not require mechanical stirrer to agitate the
system. Additionally, pneumatically agitated bioreactors, speciﬁcally
bubble column bioreactors, gas-lift and ﬂuidized bed bioreactors have
been widely used in three-phase systems (gas-liquid-solid) in chemical
and biological processes in industry, for example, in cellulolytic and
hemicellulolytic enzyme production and, environmental pollution
control [145–147]. In three-phase systems the gas comes into contact
simultaneously with the liquid and solid phases. Multiphase systems in
airlift bioreactors present certain advantages, such as lower energy
consumption, controlled mixing, reduced shear rate and good solid
suspension eﬃciency. It is also reported that the three-phase system
airlift bioreactors have advantages over bubble column bioreactors
regarding to the lower use of energy when working with high solids
loadings, due to the presence of a liquid circulation loop resulting from
the density diﬀerence among downcomer and riser regions [148]. That
is an important issue when using pneumatically agitated bioreactor in
enzymatic hydrolysis, because a proper solid-liquid mixing must be
ensured to achieve higher glucose yields.
For the design of a three-phase gas-lift bioreactor, it is necessary to
consider certain parameters, such as the liquid circulation speed, be-
cause it has a crucial eﬀect on the recirculation bubble and the dis-
tribution of gas and solids holdups [146,148]. Also, in the presence of
solid phase in these types of bioreactors makes the studies of the hy-
drodynamics and oxygen mass transfer very important for the evalua-
tion of the bioreactor performance and operation. The parameters such
as, volumetric oxygen transfer coeﬃcient and gas holdup are heavily
inﬂuenced by solids loading, air ﬂow rate, temperature, liquid prop-
erties, column diameter and sparger design, as well as the size and
density of solid particles in a three-phase system [145,149].
3.1. Bubble column bioreactors
Bubble column bioreactors are classiﬁed as multiphase reactors.
They consist of a vertical cylindrical vessel, where the application of a
gas bubbling agitates the liquid phase or the liquid-solid suspension
[145,150]. The gas is injected at the bottom of the column through a
spray or a set of nozzles in form of jets, allowing the gas to enter the
liquid phase and break up into bubbles. The holes in the distributer are
designed to provide output speeds of 100–300m s−1. However, the size
of the hole does not completely deﬁne the bubble size, as it also de-
pends on the physical properties of the liquid phase and the gas ﬂow
rate. In laboratory scale, porous glass disc or sintered metal plate are
occasionally used as gas distributers. Typically, bubble column bior-
eactors are constructed with a height/diameter ratio ranging from 1.5
to 20. There are several variables involved in the design of a bubble
column bioreactor, however, the superﬁcial gas velocity is one of the
most important due to its relationship with other important variables,
such as gas hold up, interfacial area and mass transfer coeﬃcient [96].
Fig. 8 shows a typical conﬁguration of bubble column bioreactors,
where the gas is injected at the bottom of the vessel and the bubbles are
dispersed throughout the reactor. Besides, the columns may have in-
ternal coils for heat transfer and baﬄes to reduce axial mixing
[96,142].
3.2. Gas-lift bioreactors
Gas-lift bioreactors consist of a vessel divided into two cameras, as
shown in Fig. 9, one of them contains a gas sparger at the bottom
thereof, which provides for bubbling into the system, while the other
zone is ungassed. The diﬀerent gas holdup between the two sections,
provokes the well-known gas-lift action, which consists on the move-
ment of the ﬂuid by the diﬀerence of densities among the regions. The
camera with the upﬂowing phases is called riser and the one with the
downﬂowing phases is the downcomer, which are interconnected at the
top and bottom of the bioreactor [144].
Fig. 7. Horizontal rotating tubular bioreactor with ﬁxed inner blades. Modiﬁed
and adapted from Jørgensen et al. [141] and Du et al. [95].
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Generally, in the riser, the gas velocity is greater than the liquid
velocity, except when the system ﬂow is homogeneous, where the gas
and the liquid phases ﬂow at the same velocity, speciﬁcally when the
bubble size is very small. On the other hand, in the downcomer, the
liquid descends and may entrap bubbles in it, which happens when the
liquid velocity is higher than the upward velocity of the bubbles.
However, when the input gas ﬂow is slow, low liquid superﬁcial velo-
city is produced, which allows the bubbles to be released at the top of
the bioreactor, and the liquid phase, comes down the downcomer.
When a higher gas ﬂow is supplied, the liquid velocity increases and
entraps larger bubbles, thus reducing the region available for the liquid
ﬂow [142]. A typical gas-lift bioreactor consists in two concentric cy-
linders as shown in Fig. 9.
There are other conﬁgurations of gas-lift bioreactors that have been
developed and studied over the years. These bioreactors are divided
into two groups. The internal loop gas-lift bioreactor that diﬀers from
the bubble column in the existence of an internal baﬄe or, a concentric
draft-tube that divides the bioreactor among a riser and a downcomer.
On the other hand, the external loop gas-lift bioreactors, also known as
outer loop gas-lift bioreactors, consist on two separate tubes that are
interconnected at the top and the bottom [144]. This type of bioreactors
is extensively used in bioprocesses because they are easy to build [151].
3.3. Design parameters
There are diverse parameters and variables that must be taken into
account in the design of a bubble column or a gas-lift bioreactor,
however, the most important ones are gas holdup and the volumetric
mass transfer coeﬃcient as they indicate the performance of the bior-
eactor [152]. In the following sections, an overview of these two
parameters will be given.
3.3.1. Gas holdup
Gas holdup is a key variable for the characterization of the transport
phenomena in bubble column and gas-lift bioreactors. It is deﬁned as
the volumetric fraction of gas in the gas-liquid dispersion [150]. Gas
holdup is important to determine several parameters, such as the de-
termination of the residence time of the gas in the liquid phase [152]. In
the bubble column and gas-lift bioreactors, the gas holdup is mainly
inﬂuenced by the superﬁcial gas velocity in the vessel [144].
Gas holdup (εg) is related to the gas ﬂow rate in a proportional way,
as mathematically expressed in equation (18), where vb represents the
average bubble velocity and Vg the superﬁcial gas velocity [96].
=V v εg b g (18)
In laboratory scale, a simpliﬁed equation is used to determine the
gas holdup, which relates the aerated liquid height (hal) with the ori-
ginal height (hol) (see equation (19)).
= −ε h
h
1g ol
al (19)
Equations (21) to (29) present a summary of mathematical expres-
sions that are frequently used to determine the gas hold up in bubble
column and airlift bioreactors, according to diﬀerent variables in-
dicated in Table 3. Speciﬁcally, equation (21) expresses gas hold up as
an empirical relation between the volume of the liquid and the power
input due to gas [153]. Equation (22) is an empirical expression ob-
tained by Hikita et al. [154] for gas hold up in aqueous non-electrolyte
solutions. In another study on bubble column bioreactors, Sada et al.
[155] proposed to include the gas-liquid density ratio (ρ ρ/g l) on the
mathematical expression previously reported by Akita et al. [156] for
the gas hold up calculation (see equations (23) and (24)). On the other
hand, equation (25) correlates the gas hold up with the riser gas velo-
city (ULr) in a gas-lift bioreactor [157]. Prakash et al. [158] developed
equation (26) to determine gas hold up considering the axial pressure
diﬀerence ( P HΔ /Δ ) through the height of a bubble column bioreactor.
Equation (27) presents a mathematical expression to calculate gas hold
up in newtonian ﬂuids [159]. Ghosh et al. [160] used equation (28) for
gas hold up determination, which relates the superﬁcial gas velocity
and the bubble rise velocity (Ubr). In another investigation, Shah et al.
[161] determined the gas hold up in a bubble column reactor as a
function of Froude and Galileo numbers to describe the gas and liquid
phases forces interactions (see equation (29)).
Fig. 8. Bubble column bioreactor (1. Gas outlet, 2. pH electrode with tem-
perature meter, 3. Oxygen probe, 4. Sample collection, 5. Translators pressure,
6. Sparger, 7. Gas ﬁlter, 8. Rotameter, 9. Pressure regulator and 10. Gas inlet).
Modiﬁed and adapted from Esperança et al. [145].
Fig. 9. Gas-lift bioreactor (1. Gas outlet, 2. pH electrode with temperature
meter, 3. Oxygen probe, 4. Sample collection, 5. Translators pressure, 6. Riser,
7. Sparger, 8. Downcomer, 9. Gas ﬁlter, 10. Rotameter, 11. Pressure regulator
and 12. Gas inlet). Modiﬁed and adapted from Chisti et al. [144] and Esperança
et al. [145].
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3.3.2. Mass transfer coeﬃcient
The volumetric mass transfer coeﬃcient (k aL ) is an important
parameter in evaluating the performance of a bioreactor, because it
allows determining the aeration eﬃciency and measuring the eﬀects of
operation variables on the dissolved oxygen supply [162]. Due to the
importance of mass transfer in the chemical reactions that take place
into the bioreactor, it is essential to estimate the k aL for the reactor
design [150]. Volumetric mass transfer is one of the most commonly
used parameters to scale up a process [142].
The mass transfer coeﬃcient of the liquid phase can be calculated
as, the change in the concentration of the liquid resulting from the
absorption or extraction of a gas. Equation (20) presents the mass
balance to determine the k aL . It considers a pure gas; thus, no gas-phase
resistance is contemplated, and the equilibrium concentration is con-
sidered constant. Also, the complete mixing in the liquid phase is as-
sumed [96].
∫ ⎜ ⎟− = ⎛⎝
−
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0
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Equations from (30) to (34) presented on Table 4 correlate diﬀerent
parameters to determine the volumetric mass transfer coeﬃcient in
bubble column and gas-lift bioreactors, according to diﬀerent authors.
Fakhari et al. [163] used equation (30) to determine the volumetric
mass transfer coeﬃcient in an external loop gas-lift reactor, which in-
cludes the electrode response time. In another investigation, Choi et al.
[164] adapted the overall mass transfer coeﬃcient in an air-lift bior-
eactor to the equation (31) for a temperature of 20 °C as reference.
Moreover, equations (32) and (33) represent mathematical expressions
to determine k aL considering the diameter in bubble column reactors
(D )c . Shah et al. [161] developed correlation shown in equation (34) to
calculate the mass transfer coeﬃcient using Froud and Galileo
dimensionless numbers.
4. Future perspectives
Currently, enzymatic hydrolysis still represents a bottleneck of the
production process of bioethanol, due to the high cost of enzymes and
the generation of inhibitory compounds that diminish the glucose
production eﬃciency. Therefore, further study should be made to en-
sure an adequate conversion of cellulose to glucose by considering the
lignocellulosic biomass nature, because it determines the characteristics
and the behavior of inhibitory compounds as well as the entire con-
version process. At sacchariﬁcation stage, bioreactors play an essential
role to guarantee an adequate interaction between the enzymes and the
substrate. Therefore, it is imperative to guarantee an optimal design of
the bioreactor that improves the mass and heat transfers with low en-
ergy consumption, in order to increase the cellulose bioconversion and
make the enzymatic hydrolysis a cost-eﬀective process. Conventional
bioreactors, such as STBR and MBR, have been widely used for the
enzymatic hydrolysis processes. However, pneumatically agitated
bioreactors, speciﬁcally bubble column and gas-lift conﬁgurations, are
proposed as promising bioreactors for the development of enzymatic
sacchariﬁcation, with the advantage of low energy consumption due to
not requiring mechanical mixing parts.
Acknowledgement
This work was ﬁnancial supported by the Secretary of Public
Education of Mexico – Mexican Science and Technology Council (SEP-
CONACYT) with the Basic Science Project-2015-01 (Ref. 254808), and
the Energy Sustainability Fund 2014-05 (CONACYT-SENER), Mexican
Centre for Innovation in Bioenergy (Cemie-Bio), and Cluster of
Table 3
Gas holdup for gas–liquid phase on bubble columns and gas-lift bioreactor.
Equation Bioreactors Parameter Equation Reference
(21) Gas-lift Volume of liquid (V )L = × − ( )ε 4.334 10g PGVL3
0.499 [153]
(22) Bubble columns Superﬁcial gas velocity (Vg) =ε V σ μ0.505 (72/ ) (1/ )g g l l0.47 2/3 0.05 [154]
(23) Bubble columns Superﬁcial gas velocity (Vg) =
−
gD ρ σ gD μ ρ ρ V gD0.32( / ) ( / ) ( / ) [ /( ) ]εg
εg c l
l c kl g l g c(1 )4
2 0.121 3 2 0.086 0.068 1/2 [155]
(24) Bubble columns Superﬁcial gas velocity (Vg) =
− + −
−
−
εg
εg
A Vgμl σl
Cs ρs ρs ρl ρl
gμl ρlσl
DcVgρl μl(1 )4
( / )0.918
1 4.35( / )0.748[( ) / ]0.881
[ 4 / ( 3)] 0.252
( / ) 0.168
[152]
(25) Gas-lift Riser gas velocity (ULr)
= ⎡
⎣
⎤
⎦
−
− + −
ULr
ghD εr εd
KT εr KB εd Ar Ad
2 ( )
/ (1 )2 { / (1 )2}( / )2
0.5 [157]
(26) Bubble columns Pressure gradient along column height ( P HΔ /Δ ) = − +∅ −ε P H1 (Δ /Δ )g ρl s ρs ρl
1
( )
[158]
(27) Bubble columns Superﬁcial gas velocity (Vg)
⎜ ⎟= ⎛
⎝
⎞
⎠+
0.0625εgεg
Vg
vlg1
3 1/4 [159]
(28) Bubble columns Superﬁcial gas velocity (Vg) =V U gD ε4 ( )g br c g2 0.5 2.5 [160]
(29) Bubble columns Froude and Galileo number (Fr Fr;g l; Ga) = −ε Fr Fr Ga0.072g g l0.224 0.018 0.087 [161]
Table 4
Volumetric mass transfer coeﬃcient for gas–liquid phase on bubble column and gas-lift bioreactor.
Equation Bioreactors Parameter Equation Reference
(30) Gas-lift Electrode response time (tE) = ⎡
⎣
− ⎤
⎦
∗−
∗−
− −
−k a e( )
e tKLa
tE L
t tE tE
tEKLa
C CL
C C0
( / )
1
[163]
(31) Gas-lift Temperature (20 °C) = −k a( )L
kLa T
T20
( )
(1.024) 20
[164]
(32) Bubble column Column diameter (D )c
⎜ ⎟⎜ ⎟= ⎛
⎝
⎞
⎠
⎛
⎝
⎞
⎠( ) ε0.6
kLaDC
DAB
μkl
DAB
gDCρl
σ
gDC
μkl
g
2 0.5 2 0.62 3
2
0.31
1.1
[156]
(33) Bubble column Column diameter (D )c
⎜ ⎟⎜ ⎟= ⎛
⎝
⎞
⎠
⎛
⎝
⎞
⎠
⎛
⎝
⎞
⎠
⎛
⎝
⎞
⎠ +( )0.018
kLaDC
DAB
μl
DABρl
gDCρl
σl
gDCρl
μl
Vg
gDc Ns τ
2 0.5 2 0.2 3 2
2
0.62 0.5 1
1 0.12( / )
[165]
(34) Bubble column Froude and Galileo number (Fr Fr;g l; Ga) = − −( )k a Fr Fr Ga(0.0029 )L vlDc g l0.301 0.511 0.120 [161]
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